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Abst ract

A strategy based on nixed-integer prbgrarrm' ng is proposed for the optinal
synthesis of total processing systens that consi_ st of a chemical plant, with
its heat recovery network and utility system A m xed-integer progranmm ng nodel
for the chemical plant is presented which is shown to be conpatible with the
nmodel s devel oped in previous papers for the utility systemand heat recovery
network. The strategy accounts explicitly for the interactions anong the three
conmponents, and its application is illustrated with a |arge exanple problem
Scope

Two mmj or classes of nethods have been proposed for the systematic
synt hesi s of cherﬁ cal plants [7]. One class enconpasses nethods that synthesize
plants without requiring an initial structure, while the other class of nethods
extract the optimal configuration froma superstructure that has enbedded a
nunber of. design alternatives. In the first type of nethods artificial
intelligence techniques have been applied, as for instance in the Al DES program
(Siirola et al. [12]) with the general problem solver principle, and in the
BALTAZAR program (Mahalec and Motard [4], [5]) with the nechanical proving
theorem On the other hand, in the second type of nethods nonlinear optimzation
techni ques have been applied to small problens by a nunber of researchers (Ureda
et al. [14], Ichikawa and Fan [ 2], Osakada and Fan [ 8], Stephanopoul os and
Westerberg [ 13], Nishida and Powers [6]). The limtations of the methods based
on artificial intelligence is that they rely heavily on the use of heuristic
rul es, whereas the methods based on nonlinear optim zation techniques give rise
to large-scal e nonconvex problens which in general are very difficult to solve.

It is the purpose of this paper to show that the structural optinzation

approach can be perforned effectively with m xed-integer |inear progranm ng

(MLP) techniques. A MLP nodel is presented for the chemi cal plant which can




be incorporated in a strategy for synthesizing the plant sinultaneously with its
heat recovery network and utility system This unique feature which has not been
reported previously in the literature, is acconpli;hed mﬂth.the nodel s present ed
in the first two papers of this series [9], [I1 O], The main advantage of the
strategy is that the synthesis of the three conponents can be-coordinated in a
natural and rigorous way.
Concl usi ons

A strategy based on m xed-integer programing has been proposed for
synthesizing total processing systens. It was shown that with the proposed
mat hemati cal framework the optinmal synthesis of a chemical plant with its
heat recovery network and utility system can be perforned sinultaneously.
This was illustrated with .a representative exanple of a chemical process. The
conputer tine requirenments were snall shémﬁng that the proposed strategy is an

efficient screening nethod for process synthesis.




Introduction

As discussed in the first part of this series of papers [9], a total
processing system can be regarded as an integrated system consisting of three
main components:

a) Chemical Plant
b) Heat Recovery Network
c) Utility Plant

In the synthesis of such a system a crucial role is played by the
interactions among the three basic components as shown in Fig. 1, The
interactions among the chemical plant with the heat recovery network are all the
cold and hot process streams that require heating and cooling. The
interactions among the chemical plant and utility system are the electricity and
power demands required in the chemical plant. Finally, the interactions between
the heat recovery network and the utility system are the hot utilities (fuel,
steam at different pressure levels and hot water) and the cold utilities
(cooling water and refrigerants) required for providing the necessary heating
and cooling in the heat exchanger network.

Although in recent years there has been considerable progress in understanding
and developing synthesis procedures for each subsystem separately, not much
attention has been placed in the problem of coordinating the synthesis activity
for the three components of the total processing system. As reported recently
by Linnhoff and Townsend [ 3], the usual procedure is to decompose the problem by
designing first the chemical plant with any method (mainly heuristics) in order
to determine the required values for the interactions with the heat recovery
network and the utility system, The next step is then to develop the heat
recovery network for the fixed process streams of the chemical piant, so that the

minimum heating and cooling utility consumption is calcﬁlated. At this point all
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i nteractions between the conponents are deé ermned, and therefore the design of
the total systemcan be conpleted with the uti lity system The design of thfc
supporting utility systemis perforned based on the fixed electricity, power,
heating and cooling utility demands. Al though Linnhoff and Townsend [ 3] do not
offer any nethod for the synthesis of the total system they made suggestions
about the placement of heat engines and heat punps of the utility systémwith
respect to the pinch points in the heat recovery network.

It is inportant to note that the sequential synthesis procedure is seriously
hahdi capped fromthe fact that the chemcal plant is designed without any
consideration to heat integration for all process streans requiring heating and
cooling. It shou.ld be noted that if the synthesis of the chemcal plant is
perfornmed independently it .is possible to account for the cost of electricity
and power demands with nomnal prices, while the cost of heating and cooling
all process streans cannot be determned properly without solving the heat
recovery network. This difficulty limts considerably the effectiveness of any
synthesis procedure, since the inportant objective of heat integrati oh is not
properly reflected in the evaluation of alternative configurations for the
chenmcal plant. As for the utility system it is also true that nomnal prices
may not necessarilly lead to its efficient integration with the chemcal plant
and heat recovery network. Thus, it is clear that the‘ sequential approach for
synthesis may not account properly for the interactions in a total processing
system

In thi .s paper a strategy based on m xed-integer linear programming (M LP)
is proposed for the synthesis of total processing systens. A MLP nodel is pre-
sented for the chemcal processing plant for which a large nunber of flowsheet
structures can be considered in a systematic manner. It will be shown that this

nodel together with the MLP synthesis nodel for utility systens and the trans-




shi prent model for the heat rec@very network, both of which were given in Part | [9]
and Part Il [10] of this series of papers,'can easily be conbined in a genera

mat hemati cal model for the optimal synthesis of total systems. The application

of this nodel will be illustrated with an exanmpl e problen1which is representative

of many chenical processes.

Synthesis Strategy for Total Processing Systens

In order to deternmine the optiml design of a total processing system it
is necessary to coordinate the synthesis activities for the three conponents of
the system This coordination should enable the evaluation of different
configurations of the chem cal plant, as well as of the heat recovery network and
utility system , by taking explicitly into account the interactions. This can be
acconplished if the synthesis of a total processing systemis formulated as a MLP
in which the three conponents are synthesized si mul taneously. The follow ng

strategy is proposed for that purpose:

Step 1. A superstructure is developed for the chem cal plant which contains
for instance different reactors or separation sequences that are to be anal yzed*
The heating or cooling duties in this superstructure are treated as a set of hot
and cold streans for the fornulation of the heat recovery network in Step 2.

The corresponding KELP for the chem cal plant can be derived using the nodel that
is presented later in the paper. |

Step 2, Gven all the hot and cold process streams in the superstructure
of the chem cal plant, the tenperature intervals for the heat recovery network are
derived based on their possible set of discrete inlet and outlet tenperaturese
Wth the tenperature intervals, the transshipnment nodel (P3) for mininmumutility
cost is formulated as discussed in Papoulias and Grossnann [ 10] . In this nodel
t he flowwates'of the process streans appear as variables that depend on the
actual structure of the chemi cal plant. Since the transshi pnent nmodel (P3) does

not define explicitly the configuration of the heat recovery network, its




tnvestnent cost is estimated as a linear function of the total heat transferred
in the network. This clearly réquires the assignment of a unit cost which in
general is only a rough approxi mation.

Step 3. The superstructure of the chenical plant together with the
transshi pmrent nodel for the heat recovery network will require different denandé
that have to be satisfied by the utility system Therefore, a superstructure of
the utility systemand its MLP formulation can be derived as dfscussed in
Papoul ias and Grossmann [ 9] . In this case the denands for the utility system
are not fixed paraneters, but variables which depend on the structure of the
chemi cal plant and the heat recovery network.

Step 4. The MLP nodels of the chemical plant and utility system and
the LP transshi prment nndel‘for the heat recovery network are conbined together
so as to define a MLP nodel for the total processing system This MLP node
can then be solved with any standard branch and bound enumeration code so as to
yield the optimal configuration of the chenmical plant and utility system It
shoul d be noted that although it is desirable to solve this large MLP
simul taneously in order to account fully for all the interactions, another
option is to first solve the chem cal plant and heat recovery network using
nom nal prices for the utilities, and then having the demands synthesize the
utility system This however, wll not necessarily yfeld an equival ent solution
to the sinultaneous synthesis method since the selected prices of utilities may
not be accurate, and furthernore the integrétion of the utility systemmay not be
performed efficiently.

Step 5. Having solved the MLP of the total précessing system
the solution of the transshipment model (P3) will provide the.nininum
utility cost for the chosen cheni cal pl ant, since heating and cooling
utilities provided by the utility systenlihcur in positive Incrementa

costs. Since this solution will define the existing process- and




utility streans, the actual configuration of the heat recovery network with
nihinun1nunber of units can bé derived in this step with the MLP transshi prent
nodel (P2) proposed by Papoulias and Grossnann [| Q] .

The efficiency of this synthesis strategy is clearly dependent on the
size of the resulting MLP nodel for a total processing systen1 As shown in
the two previous papers [9], [10], the MLP nodel for utility systens and the LP
transshi pnent nodel for heat recovery networks yield problens 6f reasonabl e size
In the next section the MLP nmodel for the chenical processing plant will be
presented. As will be shown, this nodel can also be of reasonable size provided
that only selected alternatives are included in the superstructure.

M LP Mbdel for Chenical Pl ant

As was outlined in the strategy for synthesizing total processing systens
the derivation of a superstructure for the chemical plant is required in step 1.
This superstructure will typically include reactors, separation colums
conpressors and punps. The heating and cooling tasks in this superstructure
will be represented by heating and cooling units which wi|l define the hot and
cold streams for the heat recovery network. Although in principle one could
consider an extrenmely large nunber of alternative flowsheets of the chenica
plant in the superstructure, -in nost cases only a reasonable nunber would be
included. The reason is that in practice the designér woul d normal |y consider
only selected alternatives that are potentially attractive, since many options
woul d have been discarded a priori by considering practical constraints, past
experience, heuristics or thernbdynami c arguments. Therefore, the bILP synt hesi s
met hod proposed in this paper should be regarded as a screening tool for selected

alternatives, rather than for all possible chemical reaction paths and all possible

separati on sequences that could be conceived for the chemical plant.




Havi ng postul ated a supers‘tructure for the chenmical plant the corresponding
M LP nodel can be derived as follows. The processing units such as 'react ors,
separation colums, conpressors and punps will be denoted by the set Np « {n},
whereas the set of heati ng'and cooling units will be denoted by the set Ny = {n}.

-

Therefore, the total set of units is given by N, where N = NpUNQ The
I nterconnection for these units can then be represented by the follow ng index
sets:

I« {m] wunit nhas input flowate fromunit nj

" (1)

OnB{m| unit n has output flowate to unit n}

In general, a subset of units NLCI\F can be chosen for investigating discrete
operating conditions such as pressures, tenperatures, split fractions or
conversions. As a result of this discretization, di screte operating conditions
will also occur in the remaining units of the superstructure. Therefore, for
each unit nf N one can define the index set K of discrete operating conditions

of the output streans, ) )

Kn- {k | unit n operates at condition (sik, °,J.f»)} (9
wher e s&k, sﬁk corresponds to the particul ar val ues of pressure, tenperature,
conversion, split fraction, etc. For each heating and cooling unit n e % it

will be assuned that the index set K will be identical to the index set of the
n

unit mto which it is directed. That isR *énK, mcd', neNg.
The existence or non-existence of each unit n c N can be represented by

the binary variable yq" which is defined as follows:

1 wunit nis selected in the final structure and operates
as condition k

Ynk" (3).
0 otherwise
Simlarly as in the case of utility systens (see Papoulias and G ossmarm|[9]) many

of these binary variables can actually be elimnated in the inplenentati on of the




M LP nodel as will be shown bel ow.

The flowates of each conponent in the streams of the superstructure will
be represented by the non-negative variabl e Fg‘ c. This variable denotes the
output flowate of conponent ¢ fromunit n at condition k, and which is directed
tounit m Each one of these variables will have associated as a fixed paraneter

the specific enthal py h:nk' The material .and energy bal ances for the set of units

NP is then given by

b b %k ok Fenk 0 ceG nely
*
mel, keK, meOu keKn '(4)
e - m _
z Z v Feik e ™ 3 D F?l:nk eh™ - W= One Np
ceC ntl "€y . ‘cC "Op"€",

wher e GcnK represents the split fractions of unit n, 91 and V\{1 are the heat and

work generated at that unit, and Cis the set of chemcal conponents. 1t should
be noted that for nost cases the use of split fractions for the nmass bal ances wil |
yield reasonably good approxi mations for nonlinear units, that would be suitable
ina prelimnary design*

As for the set of heating and cooling units; it is convenient to define the
vari abl es le;’j to denote the flowate going froma processing unit p g NP at
condition J, to a heating or cooling unit n g Ny at condition k. These variabl es
correspond to the flowates of hot or cold streans that are to be used in the
transshi pnment nodel (P3) for mininumutility cost. Note that these variabl es

define explicitly the inlet and outlet tenperatures of these streans, and that

they are related to the flowates F~, and FT:m: by the equalities

A

n nk
Feps | fepr R K
kcK,

m - nk
Penk z fcp.l ke K,
chp




In order to activate the flowates in the superstructure that are consistent
with the selection of units and their corresponding operating conditions the
following constraints that involve continuous and binary variables nmust hold

(see Papoulias and Grossmann [9]):

a) Selection of unit n at one operating condition k

z v 511 (6)
k'Kn -

b) Selection of a non-zero flowate at only one condition k

z ZFgrhlk R N S keK,, n«N

mgd cgC
n

where U is an arbitrary but valid upper bound.

c) Selection of simultaneous units .

where units mand n nust exist simltaneously.

d) Selection of conditional units

m ~ 'nk ke X, (8)
Ymo o | yi < o (9)
T
I . A
ek - UV ™ 0 KeK, (10)
| e Y EO (1)
keK, | cec

where the existence of unit minplies the existence of unit n, but
the converse is not necessarily true. |
By making use of the equalities in (7) and (8), the nunber of actual.binary
variables can be reduced considerably in the actual inplenmentation of the MLP ‘
model . An exanple where the equality in (7) woul d be applied is when a conpressor

is followed by a chemcal reactor, both of which would exist sinultaneously:
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Also, in the case of heating and cooling units Nq, their existence is
determned by the units to whi ch they are connected downstream Therefore, with
the equality in (7) the existence of several units can be represented with the
binaries of one single unit. Taking advantage of this fact, none of the heating
and--cooling units require binary variables to denote their existence. An exanpl -e
of the equality in (8) arises when a second separation colum is followed by a
first colum. dearly if the second colum is selected the first one must also
exist, whereas if the first colum is selected the second one may not exist if
there is the option of selecting a different second colum. Therefore, inthis

case as indicated by eqtns. (8) - (11), some units can be assigned a single

bi nary variable even if they operate at several conditions.

As for the capacities.of the units n, Npthey wi |l be given depending on

the type by
Y m . .

s‘ V J F . flowate capacity of unit n

j o I CIK

cgC ngQ, kek,

Gn = _ (12)

W work load of unit n
n

and they can be bounded by m ni num and maxi num capacities with the constraint

& () yu <6, €65 (Y vy (13)
keK keK

Clearly logical constraints can also be added to indicate that for instance
only one type of unit be sel ected among several possible choices. Finally, if the
basic criterion in the synthesis is profit maxim zation, the objective functions
wi |l involve sales and purchases of chemicals, and linear investment cost of. t he
units with fixed cost charges. _ o

The constraint set given by the equalities and inequalities in (1) to (13)

can be used to represent the superstructure of the chemcal plant. However, as
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fornmul ated above, the transshi pment nodel (P3) [10] for heat recovery networks
woul d al so have to be incorpora_ted. As for the addition of the MLP nodel for
utility systens, this can be done sinply by treating the utility denmands as
variabl es, as for exanple the power V\l/1 that is required by a given unit. In this
way the MLP nodels of the chemical plant and utility system as well as the LP
transshi pnent nodel for heat recovery networks can bé conbi ned so as to yield

an integrated MLP nodel for the total processing system
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Exanpl e Probl em

In order to show the appli cation of the synthesis strategy for tot a.LI. pr o-
cessing systens the follow ng exanple is considered. Assunme that it is desired
to manufacture 1000 tons/day of product D (liquid) using as feedstock a gas
whi ch contains chenicals A, B, C, with the conposition givenin Table 1. The
basic chemcal reaction for this process is A+ Bee D+ E Wwhi ch.is exothermc
and produces the by-product E chemcal Cis assuned to be an inert conponent.
For this chemcal plant, the basic st'eps of the process would first involve
conpression of the feed, next a recycle loop containing the reactor, flash
unit, absorber, purge and conpressor; the final step would involve a distil-

l ati on sequence to obtain D as essentially pure conponent. It will be assuned
here that the designer, having done a prelimnary screening is faced with the
fol l owi ng maj or choi ces | n the pr ocess:

1. The reacfion can be carried out with two different catal ysts at either

hi gh or medi umpressure.

2. Since the solvent Wnust be added in the absorber, the conponents
for distillation are Db E W Therefore, the direct and indirect
sequence of distillation are considered. 1In either of themthe first
colum can operate at nediumor at |ow pressure.

3. To avoid the build-up of inert Cin the recycle |oop, a purge rate
nust be selected, which in turn will have a major effect on the over-
all conversion of conponent A in the process.

A ven these choices, the objective in the design probl emwoul d be- to de-
termne the configuration of the chemcal plant, together with its heat exchanger
network and utility system in order to maximze the annual profit.

I'n order to apply the MLP approach for total processing systens, the operating
conditions given in Table 1 are selected. - Note that four different val ues are

sel ected for the purge rate. Therefore, with the four options in the reactor and
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the four options in the distiliation sequence, 64 alternative flowsheets for the
chemical plant will have to be analyzed.

The superstructure of the chemical plant is derived from the data given in
Table 1, and is shown with.its alternative processing steps in Fig. 2. Note that
the feed preparation step consists in compressing the feed to the required
pressure of the reactor. Since the reactor can be selected at either the pressure
of 40 bar or 100 bar, a single stage compressor or a two stage compressor with
interstage cooling are embedded in the superstructure respectively. There are
two reactors having different catalysts, and for each reactor a medium (40 bar)
or high (100 bar) pressure can be selected. Because the conversions per pass in
the reactors are low (10 to 257; see Table 1), the reactants are separated from
the products and then recycled to the reactor so as to increase the overall
conversion, Since components A, B and C of the reactor effluent are essentially
noncondensible, a flash is used to partially recover in the bottoms products D
and E, The vapor from the flash enters an absorber where most of the remaining
products D and E are absorbed by solvent W, and then mixed with the products
recovered in the flash. The vapor stream exiting the absorber contains mainly
the components A, B, C, and part of it is purged in order to avoid build-up of
inert component C in the reactor recycle loop. The values to be investigated
for the purge rate are .5%, 2%, 5%, 10%. The rest of the vapor stream is
recompressed and then mixed with the compressed feed to the reactor. For the
product purification step, two possibe sequences of distillation columns are
considered for separating components D, E, and W, The first one is the
direct sequence consisting of separation (D/E,W),where the most volatile component
D is removed at the top, followed by separation (E/W), where at the top of the
column by-product E is removed while solvent W at the bottom is recycled to the

absorber. The indirect sequence consists of separation (D,E/W),where solvent W
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is drawn at the bottomto be recycled to the absorber, followed by separation
(DE) where product Dis recovéred at the top,and by-product_E.at t he bottonﬁof‘
the colum. For both sequences, the first separation colunn.can operate at

20 bar or at 6 bar; whereas the second col umm operates at 5 bar.

As it can be seen fromthe problemdata given in Table 1, there are
several discrete operating conditions considered for certain planf'unifs_pf.the
proposed superstructure. The usual rule for selecting the plant unité and thgul-f_'
di screte conditions to be analyzed, is that only parameters thét moufd_affect_
significantly the performance of the units are considered. For exanple,_the
reactor pressure and catalyst are major paraneters affecting the reactor
conversion, recycle flowate, heat loads in the streans, and the overall econoﬁics'
of the process. The sane applies for the purge rate of the recycle stream and
the operating pressure of the distillation colums that can alter the t enper at ure
and heat |oads in the corresponding condensers and reboilers. n the other hand,
the absorber tenperature is set to 310°K where the nass transfer between products
D, E and solvent Wis nost favorable, while the same pressure as in the reactor is
used in the absorber to reduce the conpression cost in the recycle.

In order to formulate the MILP synthesis nodel for the chemcal plant, the
linear equations and inequalities describing the performance of all plant units
considered in the superstructure are derived. In this exanple problemthis was
done using shortcut methods for nodeling the reactors, flash, absorber and
distillation colums as outlined by Wsterberg [ 15], and using the dgta,in Tabl es
1 and 2. The cost data of the chemcals is given in Table 3, and the fixed-charge cost
correlations for investnent cost were derived fromQithrie [1] and updated with
the Chem cal Engineering Index to 1981 prices. The heat recovery net wor k
corresponding to all process streans and utilities for this exanple is nodel ed

using the transshi pnent nodel (P3) for nininunwutiiity cost {10]. The m ni mum
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tenperature approach was taken as 10°K, and the heat exchanger investnment cost

was assurmed to be $2 per kW of total heat transferred in the network. Fi nal ly, for
the synthesis of the utility system supporting the chenical plant and heat

recovery network, the HELP nodel presented in Papoulias and dossmann [9] is

enpl oyed. For the above exanple problem it was assumed that 16, 050 kW of
electricity would have to be generated in addition to the power, heating and

cool i ng demands required for the chenical plant and heat recoverly network. The
discrete operating conditions (pressures and tenperatures) for the three steam
headers, vacuum condenser and gas turbine exhaust, and the cost data were the

same as the val ues considered in the exanpl e probl emof Papoulias and G ossmann [ 9] .

Nunerical results

The MLP nodel for the total processing systemis obtained by adding the MLP
synthesis nodels for the chemcal plant and utility system as well as the
transshi prent nodel (P3) for the heat recovery network. The integrated MLP for
this exanple probleminvolved 34 binary variables, 269 continuous vari abl es,

198 rows, and was solved using the branch and bound code LINDO[11] in 3 mnutes
on a DEG 20 conputer. The objective function for this fornulation was to

maxi mze the annual profit of the total system and the value at the optinal
solution was found to be $9, 695, 248/ year.

The optimal configuration and operating conditions for the chem cal processing
plant are shown in Fig. 3. Note that the feed passes through a two stage
conpressor with interstage cooling, and is conpressed to 100 bars. The conpressed
feed is mxed with the recycle, and then enters the reactor with the-cheaper
catalyst A that has 18% conversion per pass. The reactor effluent is separat_ed ina
flash unit where part of the products D and E are recovered in the bottons, while
the vapor goes to the absorber that uses solvent Wto _recdver nost of the

remai ning products D and E The optimal purge rate in the splitter is found to be 2%
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of the vapor streamexiting the absorber, with the renaini ng streamrecycled to
the reactor after being reconpressed. The optinmal sequence of di still_ ation
col ums necessary for product purification is the direct sequence at the I|over
pressure. The first colum operates at 6 bar and separates the nost volatile
product D from conponents E and W while the second col um operates at 5 bar and
separates by-product E frorﬁ solvent Wthat is recycled back to the absorber.
The hot and cold process streans are shown on the flowsheet of Fi g. 3wth
circles that indicate the type (Hhot, C=cold) and the nunber of the stream
The optinmal transshiprment network (P3) determned at the solution of the
integrated M LP nodel gives the flowates of all process streans and required
utilities. The heat flows for this transshipnent network are shown in Fig. 4.
Note that the pinch point qf the heat recovery network is |ocated at 381°%k-
371°K whi ch ensures that mninumutili fi es are enployed in the heat recovery
network. The mnimumheating utilities are 53.7 Ton/hr of MP steamand 242.4
Ton/ hr of LP steam and the mninmumcooling is 6487 Ton/hr of cooling water.
It is interesting to note that although two heating utilities are sel ected at
the optimal solution, there is only one pinch point in the network. The total

anount of heat exchanged in this heat recovery network is 716 MegaVat ts.

Wth the infornmation obtained fromthe transshipnment network (flowates of
process streans and utilities), the MLP transshipnent nodel (P2) is used to
determne the m ni num nunber of heat exchanger units and the network layout. This
M LP transshi pnent nodel involved 22 binary variables, 80 continuous vari abl es,

87 rows, and was solved using LINDO[11] in approxinmately 7 seconds on a DEC 20
conputer. The mninumutility cost network having the least nunber of units

(15 units) is shown in Fig. 5. Note that this network does not require any stream
splitting and contains one cycle (HL-C2). Al so note that the only heat integration
that takes place in the two distillation colums is in the reboiler of the first

colum (C3) with the effluent of the reactor (Hi).
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The optimal configuration and operating conditions for the utility system
are shown in Fig. 6. Note thét this design represents a binary power cycle, where
the prinmary cycle is a gas turbine generator exhausting the hot gases to the
boil er of the noncondensi ng Ranki ne secoridary cycle to be used as préheated air.
A medi um pressure boiler generates steam at 17.2 bars and 600°K, and three
backpressure turbines are enployed to satisfy the power demands for the feed
conpressor (11,837 kW, the recycle recénpressor (4369 kW and the cooling water
punp (1690 kW . The power demands for the boiler draft fan (1164 kW, feedwater
punmp (269 kW and solvent recycle punp (261 kW are provided with electric notors.
Observe that both MP and LP steam are provided by the utility plant for the
heating requirements in the heat recovery network. It is interesting to note
that al though the heaf recovery network could use only LP steam it is nore
efficient for the utiIityrsystenlto provide both MP and LP steamas it is then
better bal anced for satisfying the power denands. |

In order to conpare the above solution of the integrated M LP nodel for
total processing systems, the option that was explored is to solve first the
chemical plant and recovery network with noninal prices for the utilities, (see
Table 4) and then synthesize the utility systemat a second stage. The first
formulation that is derived is the MLP synthesis nodel for the chenical plant
augnmented with the transshi prment nmodel (P3) for the heat recovery network. In
order to account for the utilities in this nodel, the unit costs shown in Table 4
were assigned for each utility type. This MLP nodel involved 14 binary vari abl es,
162 continuous'variables, 120 rows and was solved using LINDO in approximtely 1.6
m nutes on a DEC-20 conputer. The objective function for this fornulation was to
maxi m ze the annual profit, and the value found at the optimal solution was
$11, 302,550/ year. The fact that this value is larger than the $9, 695, 248/ year

obtained in the previous case is a clear indication that the utility prices
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in Table 4 have been underestﬁnated. However, the optimal configuration for
the chemical plant is identical to the one obtained in Fig. 3, except that the
optimal transshipment network is slightly different since now 305.4 Ton/hr of
LP steam are used as the only heating utility. The reason for this difference
is that the LP steam had a smaller unit cost than MP steam and cohsequently
was preferred at the optimal solution. It should be noted that the total heat-
ing requirenment (heat load) is the 'same as the heat |oad provided by MP and LP
steamin Fig. 4. Therefore, since the same heating requirements are obtained
with both met hods, the only alteration for the network structure shown in Fig 5
is in the elimnation of the MP steam heater for (C4).

The design of the total system is conpleted by synthesizing the utility
system satisfying the demands determined at the optinmal solution of the
chemi cal processing plant and supporting heat recovery network. The ut{lity
demands for the chemical plant are 16050 kW of electricity, 11837 kW power to
drive the feed conpressor, 4369 kW power to drive the recycle reconpressor
1690 kW for the cooling water punp and 261 kW power for the solvent recycle
pump in the absorber. The utilities required in the heat recovery network are
305.4 Ton/hr of LP steam for heating and 6487 Ton/hr water for cooling. The
M LP synt hesis model for this-utility system has 20 binary variables, 120
continuous variables, 80 rows, and was solved with LINDO in approximtely 1 m nute
on a DEC-20 conputer. The value of the objective function corresponding to the
m ni mrum annual cost for this optimal design was $29, 453,307/year, and is
identical to the utility systemobtained with method 1 (Fig. 6), except that
the 53.7 Tons/hr of MP steam are reduced to |low pressure with water additiqn-
and conbined with the 242.4 Tons/hr of LP steam to provide the 305.4 Tons/hr of
LP steamrequired for heating in the heat exchanger network. Therefore, it is
apparent that there is some weakness invblved inlthe pr oposed deconposifion, si nce

synt hesi zi ng separately the chenical plant with the supporfing heat recovéry
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network can determine utility demands that are not provided most efficiently by the
utility system. Also, note that the computer requirements in the decomposition
scheme were only slightly smaller when compared to the time required for solving
the MILP for the total proéessing system,
Discussion

As was demonstrated with the example problem, the synthesis models
presented in the two previous papers [ 9], [10] are compatible with the MILP
model for the chemical plant. It was shown that these models can easily be
connected for the simultaneous synthesis of total processing systems. With
this approach the interactions among the chemical plant, heat recovery network
and utility plant can be accounted in a rigorous and natural way. It is
considered that it is this feature that makes the proposed synthesis strategy
truly original, as other previous methéds reported in the literature cannot
accomplish this objective,

A point that should be apparent from the example is that the MILP
approach for total processing systems has great potential as a systematic tool
for screening many alternative flowsheets, This should be particularly relevant
in practice,where very often alternatives that are potentially attractive
cannot be explored due to time limitations in a project, If this approach were
to be implemented in a computer-aid that would automatically generate the MILP
models, it would be possible at the initial stages of the project to direct the
design engineers to the most promising alternatives which could then be
analyzed in detail. It should be noted that the branch and bound codes that use
depth-first enumeration will usually generate several feasible solutions before
finding the optimal answer. Therefore, if these intermediate solutions are close
to the optimal they could also be considered for a detailed analysis. Another

way to generate several promising solutions different from the optimal, is to
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resolve the M LP so. as to find ‘those sol utions whose cost lies within a given
per centage of the optinmal val ue.

Finally, the exanple solved in this paper has shown that the M LP approach
for process synthesis does not preclude the use of heuristics or thernodynamc
targets. This was illustrated with the heat recovery network in which the
objectives of mnimumutility cost and m ni mum nunber of units were incorporated
into the nmodel. It is clear that these objectives made the MLP of the exanpl e
probl emeasier to solve. (n the other hand, it is doubtful that if one were to
use only heuristics and thernmodynamc targets that one woul d have been able to
obtain the optinal solution of the exanple problemas readily as with the MLP nodel,,
Therefore, it would seemthat it is a bal anced conbi nati on of heuristics, -
thernmodynam c targets and m xed-integer programmng that is needed to sol ve
effectively the problens in process synthesis.
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Tabl e 1. St ream Equi pnent Cdndi tions For Exanple Problem
STREAM EQUI PMENT CONDI TI ONS
FEED
Condi ti ons P =16 bar, T = 320 K
Component A Mol e Fraction = 0.40
Conponent B Mol e Fraction = 0.45
Conponent C Mol e Fraction = 0.15
REACTOR
Chem cal Reacti on: A+B-~+ D+ E
Heat of Reaction (40bar) AHrxn = 41,860 kj/kg-nole
Heat of Reaction (| OQbar) AH L n = 50, 240 kj/kg-nmol e
Operating Conditions: ]
Catalyst d p = 40 bar, T = 550 K Conversion =0.10
Cat al yst C2 p = 40 bar, T = 550 K Conversion =0.16
Catal yst C p = 100 bar, T = 600 K Conversion =0.18
Catal yst C2 p = 100 bar, T = 600 K Conversion = 0.25
ABSORBER
Operating Condition P =40 or 100 bar, T=310 K
Sol vent W
Recovery Recovery of Key Conmponent D = 99%
FLASH
Operating Condition P = 40 or 100 bar, T=310 K
Recovery Recovery of Key Conponent D = 0.26
SPLI TTER
Purge Rates Considered 0.5%, 2%, 5%, 10%
DI STI LLATI ON COLUMNS
Colum (D'EW . .
Operating Condition P = 20 bar, Recovery of Keys » 0.98
Operating Condition P =
Colum (E/W 6 bar, Recovery of Keys = 0.98
OQperating Condition P=
Colum (DE/'W 5 bar, Recovery of Keys =0.98
Operating Condition P =
Operating Condition P = 20 bar, Recovery of Keys =0.98
Colum (DI E) 6 bar, Recovery of Keys =0.98
Qperating Condition P= 5 bar, Recovery of Keys = 0.98
COVPRESSORS
Feed Conpressor:
Qutlet Pressure P = 40 bar, Conpression Ratio = 2.5 (1 stage)
Qutlet Pressure P = 100 bar, Conpression Ratio = 2.5 (2 stages)
Recycl e Reconpressor:
Qutlet Pressure P = 40 bar, Conpression Ratio = 1.04
Qutlet Pressure P = 100 bar, Conpression Ratio = 1.04




Tabl e 2. Physi cal Properties of Conponents in Exanple Probl em

Conponent s
A B C D E W
Mol ecul ar wei ght 44 50 67 32 62 18
G(kj /kg 0k) 0.9 1.0 1.2 1.1 1.4 4.18
AH,ap(Kj 7 kg) 390 468 672 1047 1302 2326
Normal boiling point (°K) 194.7 168 206. 8 325 353 373
Antoi ne' s coefficients _
ANTA 22. 5898 20. 233 19.3624 13.9 12. 8766 11. 3351
ANTB ' 3103. 39 2327.94 1606. 37 2932.45 2348. 98 1528. 3
ANTC -0.16 3.19 -80.59 79.26  23.99 -48. 39
Antoine's equation 'In VP - ANTA - -ﬁﬁﬁ—— , VP (nmHy) , T (°K)

Conpressors: Y= (CP/ ‘v) =1. 4

Abosrber: Absorption factor of D= 1.4




Table 3: Econom c Data for Exanple Problem

Annual Qperation 8400 hrs.
Capital Recovery Factor : 0. 154252
FEED Cost =0. 10 $/kg
PRCDUCTS
Main Product - D Price = 0.28 $/kg
Bypr oduct E Price =0.12 $/kg
BLEED Qedit « 0.06 $/kg
CATALYST
Catalyst d : . Cost = [;2.0 * reactor feed(kg/ hr)3 —3?-
Catalyst @ Cost = [4.0 * reactor feed(kg/hr] ;3—
UTI LI TES
Gas Turbi ne Fuel Cost = 143 $/ Ton
Fired Boiler Fuel Cost =114 $/Ton
Wat er Cost = 0.05 $/1000 gal,,

HEAT EXCHANGERS Cost = 2 $/kW




Tabl e 4. Nom nal Prices for Wilities

B ectricity (includes generator) = 0.40 $/ kwh
HP Steam =6. 5 $/Ton
MP Steam =5. 4 $/Ton

LP Steam =4. 0 $/ Ton
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